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ABSTRACT: In this work, the coupled model based on an iterative approach was developed to describe the flow behavior and
catalytic hydrogenation of dimethyl oxalate (DMO) in a fluidized-bed reactor (FBR). First, a single-particle model (SPM) and a
computational fluid dynamics (CFD) model were constructed, respectively. A set of hyperbola-like kinetics equations were
included in the SPM. Subsequently, we assumed that all catalyst particles inside each small computational cell for the CFD model
experience the same external conditions, which ensures the effective coupling of the two models above. The assumption and the
coupled model have been validated by evaluating the above assumption and comparing with the experimental data, respectively.
Based on the validated model, the predictions of the two classical diffusion equations (i.e., the Wilke−Bosanquet diffusion
equation and the Fick or Wilke diffusion equation) are compared. In addition, the main flow field and reaction parameters in the
FBR were investigated numerically. The results indicated that the intrapartice transfer resistance rises with the increase of the
particle size, while it is not obvious for the selected studied system. The results also indicated that all of the species mass fraction
distributions become more even as the catalyst size becomes smaller and the different diffusion models have little influence on
simulation results. The simulated results here also demonstrated that one is capable of investigating reactor behavior at relatively
low computational cost by using the proposed multiscale model.

1. INTRODUCTION

1.1. Scope. The worldwide production capacity of
chemicals via hydrogenation reaction (hydroprocessing) has
been increased by several-fold from 2005 to now.1 Among a
family of hydroprocessings in refinery, the hydrogenation of
dimethyl oxalate (DMO) becomes more and more important.2

For instance, a green process for the production of ethylene
glycol (EG), one of the most important alcoholic components,
has recently been developed to convert coal to high-value-
added chemicals, wherein one of the core reactions is the DMO
hydrogenation.3−5

Generally, the DMO hydrogenation reaction is performed
over solid catalysts with high exothermicity.6−10 Since the
DMO hydrogenation for producing EG is a gas−solid catalytic
and exothermic reaction, a fluidized-bed reactor (FBR) is an
appropriate reactor to produce EG via the DMO hydrogenation
reaction due to its simple construction, excellent heat- and
mass-transfer capabilities, and efficient mixing of reacting
species.11,12 However, most of previous reports on the DMO
hydrogenation reaction have been carried out in fixed-bed
reactors.13−21 In addition, there have been few reports of the
fluid dynamics in these reactors. The fluid dynamics is used to
evaluate the reactor performances. In fact, a similar reaction
such as the methanol to olefins (MTO process) was
successfully carried out in FBRs.22,23 In view of the little
investigation on the DMO hydrogenation in FBR, a two-phase
computational fluid dynamics (CFD) model is developed

herein to describe the flow and DMO hydrogenation reaction
in FBRs.
In a fluidized-bed catalytic hydrogenation reactor, the

hydrogenation takes place on the surface of these catalyst
particles (<1 mm) when they are exposed to the gas stream
containing the reactants. It is a gas−solid two-phase reaction
system.24−26 The gas phase consists of reactants, products, and
byproducts; the solid phase consists of catalyst particles. In
addition, these catalyst particles are generally spherical porous
pellets within which the reactions occur.27,28 The internal
diffusion which has a great influence on the reaction rates
describes the molecular mass diffusion or molecular species
transport through a fluid by the random and individual
movements.29 Accordingly, due to the coupling of diffusion
and reaction, different length scales (multiscale) are involved in
the DMO hydrogenation in FBRs (see Figure 1).30 Detailed
modeling of such a reactor is a challenging task, including the
reactor design and accounting for complex gas−solid two-phase
flow, particle−particle and particle−reactor interactions, intra-
particle transfer, and nanoscale phenomena such as the kinetics
of the active sites of the catalysts and molecular transport and
collisions within particles.30,31 Therefore, to construct such a
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detailed reactor model including all of the above factors is a
very challenging task. A modern two-phase CFD model based
on the Eulerian−Eulerian approach, namely, a multiscale CFD
model, is needed to manage the above-mentioned complexities.
In this work, a multiscale model based on an iterative

approach has been investigated using a two-phase CFD model
coupled with a spherical porous pellet model (i.e., SPM) for the
flow behavior and catalytic DMO hydrogenation reaction in a
FBR. Intraparticle transfer and reaction are taken into account
in the SPM. Since the geometries and the grids for the reactor
are generated to solve the two-phase CFD model and these
catalyst particles in the reactor are so small compared to the
FBR, all catalyst particles inside each small computational cell
for the CFD model have the same external condition to couple
the SPM and the CFD model. This method is used to achieve
novel understanding of FBRs employed in the catalytic DMO
hydrogenation reaction field.
1.2. Summary of the Previous Works. CFD methods

have been widely applied to gas−solid FBRs.32−43 In general,
two different categories of CFD methods have been established
to simulate gas−solid two-phase flow in FBRs, namely, the
Eulerian and Lagrangian methods, respectively.32−35 For
comparison between the two methods, the readers are
encouraged to refer to refs 32−35. These previous CFD
calculations for gas−solid flows are generally carried out under
cold-flow conditions with ignoring of intraparticle transport and
reactions. A porous pellet model, however, has to be
incorporated into the CFD model in many gas−solid catalytic
reactions as described above, which can be accomplished by
combining a CFD model with a SPM.44

Up to now, there have been two approaches for realizing the
coupling of the CFD model and the SPM/the multis cale CFD
modeling, namely, sequential modeling and iterative/concur-
rent modeling.45−47 Both approaches involve the hierarchy
construction of numerical models operating at individual scales.
Among them, the iterative multiscale model couples models at
various scales allowing for the interaction between different
scales iteratively.45 Unfortunately, multiscale models developed
so far are mostly sequential models and only a few are iterative
ones. The simple iterative multiscale modeling uses the
“weighting” method to correlate dominant mechanisms
following the stability criterion for a steady structure in the
FBRs.47 However, numerous important physical processes such
as the intraparticle transfer are ignored in the simple weighting

method. A classical mechanistic approach (i.e., the energy
minimization multiscale approach, the EMMS approach) in
which the variational criterion was formulated based on the
evaluation of the compromise among interacting mechanisms
was proposed and developed by Li et al.47,48 to implement an
iterative multiscale CFD modeling.49 To the best of our
knowledge, however, there is so far no open literature on such
iterative multiscale modeling approach in modeling the flow
field in FBR for (DMO) hydrogenation reaction.
A number of single-particle models have been proposed for

the gas−solid catalytic reactions28,50−55 Because the intra-
particle transport is of the molecular mass diffusion or
molecular species transport involving the random and
individual movements (i.e., the molecular transport and
collisions) in nature, and most molecular diffusion problems
in chemical reactor processes involve transport of multi-
component mixtures, these models are generally based on
molecular diffusion models, which are employed to describe the
diffusion fluxes.55 There are four typical molecular diffusion
models, namely, the Fick or Wilke model,56 the Maxwell−
Stefan model,55 the dusty gas model57,58 and the Wilke−
Bosanquet model.55 Among them, the Fick or Wilke model and
the rigorous Maxwell−Stefan model assume bulk diffusion,
whereas the rigorous dusty gas model is used to describe the
combined bulk and Knudsen diffusion fluxes. The Wilke−
Bosanquet model is proposed to simplify the dusty gas model.
In addition, a single-particle model to describe the mass and
heat transport in a porous pellet with chemical reactions is
formulated, based on one of these molecular diffusion models
mentioned above with some simplifications or assump-
tions.59−62 For instance, following the above descriptions,
Graaf et al.60 used the dusty gas model to investigate the
relative importance of Knudsen vs bulk diffusion for the
methanol synthesis with ignoring of pressure gradient and the
assumption of isothermal conditions throughout the spherical
particle. Recently, Solsvik et al.55 developed a comprehensive
single-particle model for applying to two cases (the steam
methane re-forming (SMR) and the methanol synthesis) in
order to educe and evaluate various molecular diffusion models.
Mass diffusion fluxes were described according to the rigorous
Maxwell−Stefan and dusty gas models, and the relatively
simpler Wilke and Wilke−Bosanquet models.
The early modeling efforts in a gas−solid two-phase catalytic

system are made to account for the detailed aspect of the CFD
model and the SPM individually. In practice, the two are
interlinked. The CFD and SPMs established before did not
focus on the (DMO) hydrogenation reaction system yet.

2. ITERATIVE MULTISCALE CFD-SPM MODEL
In this contribution, a multiscale model based on an iterative
approach is proposed via employing a SPM, a reaction kinetic
model, and a two-phase CFD model altogether to describe the
DMO hydrogenation in a FBR. Since the single-particle and
two-phase CFD models were widely adopted in various gas−
solid catalytic reaction systems, they have been briefly
summarized in the Supporting Information (SI) section (see
section SI-II of the Supporting Information for de-
tails).59,60,63−77 Herein, the kinetic model and the coupling
mechanism for constructing the iterative multiscale model have
been described.

2.1. Reaction Kinetics Model. With the fluid flow in the
reactor, the DMO hydrogenation reaction occurs within the
catalyst particles. Accordingly, the DMO hydrogenation

Figure 1. Multiscale phenomenon in the DMO hydrogenation process
in FBRs.
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kinetics model is incorporated into the SPM via the reaction
terms i in eqs S1 and S3 of the Supporting Information. The
kinetics model is applied in this study as described below.
The main reaction mechanisms are shown as follows:

+ → +DMO 2H MG CH OH2 3 (1)

+ → +MG 2H EG CH OH2 3 (2)

where MG and EG are methyl glycolate (CH3COOCH2OH)
and ethylene glycol ((CH2OH)2), respectively. In this work, a
hyperbolic-type kinetics model is used to describe the DMO
hydrogenation kinetics based on the Langmuir−Hinshelwood
model and the steady-state approximation, which was deduced
in our previous work.67 The kinetics equations applied in this
work are given as follows:
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+ + + + +
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(5)
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The kinetics parameters were available based on the
experimental data.68,69 More details regarding the experiments
are reported elsewhere.68,69 The kinetics parameters are listed
in Table 1 given in the Supporting Information.
2.2. Multiscale Model. As described earlier, in a gas−solid

catalytic reaction system, chemical reactions generally occur
within porous catalyst particles (i.e., intraparticle active sites).
Reactants first enter into catalyst particles, and the products/
intermediates undergo desorption and (external) diffusion to
the gas phase. Generally, the pores of a catalyst particle are so
small that these species come in or out of a particle mainly by
slow diffusion. If the involved reactions are very rapid or
strongly exothermic, an obvious influence of diffusion resistance
will be detected. When the case takes place in a FBR, a coupled
model/iterative multiscale model is required to describe both
the intraparticle diffusion phenomenon and the fluid dynamic
behavior in the FBR. Herein, the SPM, the reaction kinetics
model (within the SPM), and the preceding CFD model are
coupled to form an iterative multiscale model.
The coupling mechanisms are shown in Figure 2 schemati-

cally for the multiscale model developed. In simulation, after
initialization, the pressure, temperature, and species mass
fractions distributions in the FBR at the initial stage are set at
first. Next, the continuity and momentum balance equations for
the CFD model, i.e., eqs S18−-S24 of the Supporting
Information, are solved, and the information about the basic
flow in each CFD numerical cell is obtained. Before the energy
equations (i.e., eqs S25−S27 of the Supporting Information)
and the species transport equation (i.e., eq S28 of the
Supporting Information) for the CFD model are solved, the
variables inside each CFD numerically established by solving

the CFD model, namely, the pressure, temperature, and species
mass fractions, are transferred into the SPM. As mentioned in
the assumption for the coupling, the particles belonging to the
same cell are subject to the same boundary conditions.
Therefore, using these variables as the boundary conditions,
the SPM is resolved in each cell to obtain the volume-averaged
intraparticle reaction rates as well as the heat of chemical
reactions, the source terms for the energy equations, and the
species transport equation for the CFD model. Interactively,
the preceding two variables are transferred into the CFD model
to solve the energy equations and the species transport
equations. Finally, the effect of intraparticle transfer should be
considered to simulate the flow field in the FBR accurately.
Thus, the SPM and the CFD model are coupled by the iterative
approach. The solution program is executed in a loop with the
above solution steps until the reaction time meets a given
criterion.
The coupled model requires that the grid size inside a CFD

model is fine enough, or the gradients of species mass fractions
and temperature are small enough in a single grid, so that all
particles inside the computational cell have the same external
condition. For most situations this requirement is met as one
cell is also the smallest unit that a CFD model could
distinguish, which has been demonstrated in this work (see
section 4).

3. SIMULATION CONDITIONS AND MODELING
METHOD
3.1. Simulated Object. To validate the efficiency and

accuracy of the iterative method for the multiscale simulation,
we selected the lower part of a two-dimensional (2D) two-stage
FBR (TS-FBR), which was reported in our previous works,62,73

as the simulated reactor (see Figure 3). In addition, the model
parameters and boundary conditions were listed in Tables 1
and 2 of the Supporting Information.5,67,73,78 Unless otherwise
noted, the parameters used for the forthcoming simulations are
those in SI Tables 1 and 2.

3.2. Iterative Multiscale Modeling Method. The 2D
simulations based on the multiscale model were performed with
the industrial CFD code FLUENT 6.3.26 (Ansys Inc.,
Canonsburg, PA, USA) in the double precision mode. In
addition, to simulate the 2D reactor, a commercial grid-
generation tool, GAMBIT 2.3.16 (Ansys) was used to generate
the 2D geometries of the reactor and the computational grids.

Figure 2. Couple schematic of the multiscale model.
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The grid size sensitivity was examined initially, and the results
indicated that a total amount of 75 × 20 uniform cells (each cell
size is 0.01 × 0.01 m2; Figure 3) was adequate to conserve the
mass of the solid phase for the entire FBR. This configuration
was employed in the subsequent simulations. The governing
equations in the CFD model were discretized into a uniform
structural mesh by a finite volume method. All terms in the
CFD model were discretized using a first-order upwind
method. The pressure and velocity are coupled by the SIMPLE
algorithm. The equations and the source terms of the SPM and
the reaction kinetics model were incorporated into the CFD
model via external user defined functions (UDFs). In order to
simulate the practical cases, the results of the flow field without
reaction and energy were first obtained. Then, the hydro-
genation reaction and energy equations were simulated with the
already obtained flow field. For the CFD simulations, the
subrelaxation iteration method was used to ensure the
simulations converged. The complete computation process is
shown in Figure 4. The simulations were executed in a 2.83
GHz Pentium 4 CPU with 4GB of RAM.

4. RESULTS AND DISCUSSION
4.1. Intraparticle-Transfer Phenomena. In order to use

the SPM accurately, the effectiveness factor is defined as the
ratio of intraparticle reaction rate (i.e., macroscopic reaction
rate) to the intrinsic reaction rate based on the average volume
(see eq 7). If the intrinsic reaction rate is zero, the reaction
effectiveness factor should be set to 1.

η =
>

=

⎧

⎨
⎪⎪

⎩
⎪⎪

intraparticle reaction rate
intrinsic reaction rate

(at instrinsic reaction rate
0)

1 (at instrinsic reaction rate
0) (7)

Figure 5 shows the influence of the intraparticle heat-transfer
limitation on the reaction. From Figure 5a, the intraparticle
temperature gradient increased with the rise of the catalyst
particle diameter. However, all of these gradients, including the
maximal gradients between the particle outer surface and the
particle center, are very small (<1.5 K). Figure 5b demonstrates
that reaction 2 is more sensitive to temperature change than
reaction 1, while all of the simulated reaction rate changes are
small (<4%) as illustrated in Figure 5b. The heat-transfer Biot
numbers (BiH) are at 0.0065−0.0080, which are smaller than
0.01.
Besides the intraparticle heat-transfer limitation, we also

investigated the influence of the intraparticle mass-transfer
limitation. The simulations were carried out by ignoring of the
external diffusion, which has been proved in SI-III (see the
Supporting Information). Figure 6 shows the intraparticle
species mass fraction distributions at different particle
diameters. Both the mass fractions of DMO and H2 near the
outer surface of particles were higher than those near the
center, while the mass fraction distributions of Me, EG, and
MG were to the contrary. Herein, the rate of reaction 1 was
greater than that of reaction 2, which leads to MG as the
intermediate product/reactant. In addition, Figure 6 shows that
all of the species mass fraction distributions become more even
with decreasing particle diameter. In practice, it is well-known
that a smaller particle has a lower internal diffusion resistance.57

The distributions of both rates of reactions 1-2 are also
recorded to further describe the influence of the intraparticle
mass-transfer limitation, as shown in Figure S1 (see section SI-
IV of the Supporting Information for details), which resembles
the shape in Figure 6. In summary, with the decrease of particle

Figure 3. FBR configurations and grid independency: (a) reactor configuration; (b) CFD grid; (c) grid independency analysis.

Figure 4. Flowsheet of the multiscale model solution.
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diameter, the effect as demonstrated in SI Figure S1 is similar to
that shown in Figure 6.
Based on the SPM, the simulated results were also compared

with certain experimental data from ref 69. Table 3 of the
Supporting Information gives the comparisons between the
experiment data from ref 69 and the simulations. The
simulation results showed that the intraparticle DMO
conversion decreased and both effectiveness factors for
reactions 1 and 2 increased yet with the reducing particle
size, which is consistent with the result from ref 69. The

obtained two effectiveness factors were greater than 0.999,
when the simulated particle diameter was smaller than 0.38
mm, consistent with the experimental data. As a whole, the
qualitative trends predicted by our simulation shown in SI
Table 3 are in agreement with the results obtained from Zhang
et al.’s experiments.69

4.2. Validation and Evaluation of the Multiscale
Model. Currently, there are no sufficient experimental data
on cold flow conditions for the FBR to verify the flow behavior
before implementing the hydrogenation reaction. However, it is

Figure 5. Intraparticle temperature distribution and its influence on the reaction rate: (a) temperature distribution; (b) relative change of both
reaction rates caused by the temperature distribution. (Simulated conditions: YDMO

s = 0.18138, YEG
s = 0.03018, YMG

s = 0.039526, YCH3OH
s = 0.36052,

YH2

s = 1 − Σi=1
N−1 Yi

s, and Ts = 480 K.)

Figure 6. Intraparticle species mass fraction distributions: (a) DMO; (b) H2; (c) MG; (d) Me; (g) EG. (Simulated conditions: YDMO
s = 0.18138, YEG

s

= 0.03018, YMG
s = 0.039526, YCH3OH

s = 0.36052, YH2

s = 1 − Σi=1
N−1 Yi

s, and Ts = 480 K.)
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expected that the particle properties should have significant
effects on the bed hydrodynamics. The KTGF (kinetic theory
of granular flow) based on the two-fluid model with the
Gidaspow drag model can successfully simulate the hydro-
dynamics of gas-fluidized beds, especially for the Geldart B- and
D-type particles.79 In this work, the catalyst particles exactly
belong to the Geldart B-type, which means that our model
should be valid to some extent.
Both the single-particle model and the two-phase CFD

model are standard and have been validated in many open
works.33−36,48,54−57 In this work, the only indeterminacy of the
multiscale model is the coupling between the two classic
models. The requirement to ensure the successful coupling
between the two classic models is that the grid size inside a
CFD model is fine enough, or the gradients of species mass
fractions and temperature are small enough in a single cell.
Therefore, if the above requirement is proved, the multiscale
model should be effective. In order to validate this requirement,
we obtained and compared the simulation results under
different cell sizes (i.e., 0.01 × 0.01, 0.0075 × 0.0075, and
0.005 × 0.005 m2) via the multiscale model. The simulation
results are shown in Figure 7, where the notation of “Couple”
represents the simulation results obtained via the multiscale
model, while the notation of “Direct” means simulation results
obtained via the standard CFD model.
Figure 7a shows the average DMO mass fraction at the outlet

of the FBR changes with time. The DMO mass fraction
becomes stable after 4.0 s, which indicates that the reaction in
the FBR is becoming stable. In addition, the fluctuation of the
DMO mass fraction becomes greater with the increase of the
total number of grids, which may be due to numerical
dissipation. The DMO mass fractions under three different cell
sizes become closer to each other. This indicates that all of the
three grids can capture reaction performance in the FBR
accurately. Figure 7b describes the DMO mass fraction
distribution at the outlet of the FBR under the above three
cell sizes. Though the DMO mass fraction distributions are
different under the three cell sizes, the predicted difference
between the couple model and the direct standard CFD model,
which is due to transfer diffusion, is essentially the same. This
indicates that the cell size of 0.01 × 0.01 m2 is fine enough to
describe the transfer resistance in a FBR. As a whole, Figure 7
demonstrates that the requirement for the coupling of the two
models has been achieved, and thus, the multiscale model is
effective at the selected cell size (0.01 × 0.01 m2).

A set of experimental data from our group was applied to
validate the multiscale model. The simulated and experimental
data were listed in Table 4 of the Supporting Information. SI
Table 4 proves that the simulated data agree well with the
experimental data. For the main products in the reaction
system, all of the relative errors between experimental data and
the simulation results via the multiscale model are less than
10%. In addition, from SI Table 4, the total mass percentage for
all species shown in SI Table 4 obtained via experiment is less
than 100%. It means that there is still byproduct in the reaction
system.
The pressure drop is used to describe the gas and solid

interaction in a FBR and evaluate the effectiveness of model
parameters. A classical equation can be used to obtain the
pressure drop, which is shown as follows:80,81

α ρ ρΔ = − −P h g(1 ) ( )g mf s g (8)

All of the pressure drop data calculated via the classical
equation, the SPM, and the pure CFD model are shown in
Figure 8 which shows the bed pressure drop profile as a

function of the flow time in the FBR. From Figure 8, both
simulated values are fluctuant based on the classical calculated
values. The relative error between the simulated values via the
multiscale model and the classical calculated values is less than
2.3%. The simulated data of the pressure drop are in agreement
with the classical calculated data. In addition, the simulated
pressure drop values using the multiscale model and the pure

Figure 7. Mass fraction of DMO at different cell sizes: (a) average value changed with flow time; (b) distribution at the outlet of the FBR.

Figure 8. Pressure drop in FBR with the fluidization proceeding.
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CFD model are nearly the same (Figure 8). In practice, the

intraparticle-transfer limitation has little effect on the bed

pressure drop. Accordingly, compared with the pure CFD

model, the incorporating of the SPM to form the multiscale

model has small effect on the calculation of the bed pressure

drop. As a whole, Figure 8 further demonstrates that the
multiscale model is effective for simulating a FBR.
In addition, the Wilke and Wilke−Bosanquet diffusion

models, which are typical for describing the intraparticle
diffusion phenomena, have been incorporated into the
multiscale model respectively to make comparisons. Here,

Figure 9. Radial mass fraction distributions of main species at different heights of the FBR: (a) DMO; (b) MG; (c) EG.
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three cases involving the CFD model coupled with the reaction
kinetics model (case 1), the multiscale model with the Wilke
diffusion model (case 2), and the multiscale model with the
Wilke−Bosanquet diffusion model (case 3) have been
investigated. In addition, the small differences between the
simulated results obtained from these different cases are shown
in line-type plots.
Figure 9 shows the main species mass fractions at different

FBR heights. There are major differences at the bottom part of
the FBR for the three cases. The differences become smaller
along the flow direction in the FBR for the three cases, which is
related to the stability in the FBR. Compared with those for
case 1, both of the reaction rates of reactions 1 and 2 for cases 2
and 3 are lower at the FBR bottom, and less raw materials are
consumed, resulting in higher mass fractions of raw materials.
With the gas flowing up, higher mass fractions of raw materials
lead to higher reaction rates, resulting in greater consumption
of the raw materials. In addition, Figure 9 also illustrates the
differences of the main species mass fractions at the radial
direction in the FBR bottom are not large for cases 1−3. The
above results prove that the fluidization is effective at the FBR
bottom. There are two rising bubbles from the bottom bed to
the top that contribute to the two peaks.
Figure 10 shows the reaction rates and their effectiveness

factors for cases 1−3, and there are still major differences at the

FBR bottom for the three cases, while the effectiveness factor at
the bottom part of the FBR is great by 2% and then reduces to
<1% for cases 2 and 3, which indicates the intraparticle
diffusion effect is not great.
As a whole, for case 1, because the intraparticle-transfer

limitation has been ignored, many intraparticle details cannot
be predicted. Figures 9 and 10 demonstrate that the simulated
difference between cases 2 and 3 is small, meaning that different
diffusion models have little influence on the simulation results.
Since the other parameters such as the pressure, the
temperature, and the solid volume fraction are too close to
compare for cases 1−3, the results are not listed herein. The
following simulations will be carried out, based on case 2 only.

4.3. Application of the Multiscale Model. Since the
particle diameter plays the key role on the intraparticle-transfer
limitation and the inlet gas velocity may reflect the external-
transfer limitation, their influences on the flow field in the FBR
are meaningful and have now been predicted by the multiscale
model based on case 2. In case 4, the particle diameter is
changed to 0.38 mm. In case 5, the inlet gas velocity is changed
to 0.3 m/s and the particle diameter is changed to 0.38 mm.
The catalyst volume fraction distribution became more

uniform with smaller catalysts in the FBR, as shown in Figure
11. As particle diameter decreases, the maximum value of the
catalyst volume fraction decreases. This indicates the fact that

Figure 10. Radial reaction rate distributions and radial effective factor distributions at different heights of the FBR: (a) R1 (reaction 1); (b) R2
(reaction 2); (c) Yita1 (which refers to the effectiveness factor for reaction 1); (d) Yita2 (which refers to the effectiveness factor for reaction 2).
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mingling of raw materials and catalyst particles is improved and
less gas passes through the FBR in the form of bubbles.
Comparing case 4 with case 5 in Figure 11, one knows that the

expansion ratio of the fluidized bed decreases and the catalyst
volume fraction increases with the reduction of inlet velocity. In
practice, both the particle diameter and the inlet gas velocity
have important influences on the flow field of a FBR, which are
reflected in the CFD model equations (i.e., SI eqs S18−S55).
The reaction rate distributions and effectiveness factor

profiles are described in Figure 12. The rate of reaction 1
decreased along the flow direction in the FBR, while, due to the
reason that reaction 2 took place in sequence with reaction 1,
the rate of reaction 2 has a maximum value in the middle region
of the FBR. In addition, Figure 12 also shows that the
effectiveness factor increases obviously with the decreases of
particle size, and the effectiveness factors become close to 1.0
when the particle diameter is reduced to less than 0.38 mm. In
practice, smaller particles lead to small intraparticle diffusion
limitations. Due to computational error, the effectiveness factor
at about 1 in case 5 for the FBR has some fluctuations. This is
induced by the interplay of the dynamics of intraparticle species
mass fraction and species mass fraction at the outer surface of
catalyst particles caused by the reactions. However, the
fluctuation of effectiveness factor at 1.0 in case 5 has little
influence on the final simulation as it is very close to 1.0.
Figure 13 shows the main species mass fraction distributions

in the FBR. The DMO conversion and EG selection increased
slightly with the decreases of particle diameter. In practice, the
decrease of particle diameter increases both the effectiveness

Figure 11. Transient catalyst volume fraction distribution at t = 4.6 s
in the FBR. (Simulation conditions: (case 2) vg = 0.6 m/s, dp = 0.83
mm; (case 4) vg = 0.6 m/s, dp = 0.38 mm; (case 5) vg = 0.3 m/s, dp =
0.38 mm.)

Figure 12. Transient reaction rate distributions and effective factor distributions at t = 4.6 s in the FBR. (Simulation conditions: (case 2) vg = 0.6 m/
s, dp = 0.83 mm; (case 4) vg = 0.6 m/s, dp = 0.38 mm; (case 5) vg = 0.3 m/s, dp = 0.38 mm. In addition, R1 stands for reaction 1, R2 stands for
reaction 2, Yita1 stands for the effectiveness factor for reaction 1, and Yita2 stands for the effectiveness factor for reaction 2.)
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factors and reaction rates. Such an increase is limited as all the
particle diameters in practice are not large. Meanwhile, the
DMO conversion and EG selection increase obviously, nearly
by 50%, with the reducing inlet gas velocity. This is due to the
increase in contract time between the gas reactants and the
catalysts.
On the other hand, both the temperature distribution of the

gas and the catalyst and the slip velocity in the FBR are
recorded to further demonstrate the influences of the particle
size and the inlet gas velocity. The detailed simulated results are
given as Supporting Information (see section SI-IV of
Supporting Information for details). In summary, the intra-
particle mass-transfer limitation increases with the increase of
the particle size, while the external-transfer limitation decreases
with the increase of the inlet gas velocity.

5. CONCLUSION
In this study, a coupled model based on an iterative approach
using a two-phase CFD model incorporating a SPM, i.e., an
iterative multiscale CFD model, has been proposed to describe
the flow behavior and catalytic DMO hydrogenation reaction in
a FBR. A hyperbola-like kinetics model has been included in
the SPM. The influences of two classical diffusion models (i.e.,
Wilke−Bosanquet model and Fick or Wikle model) have been
investigated. The intraparticle-transfer phenomenon has been
investigated using the SPM extensively. Both the SPM and the
multiscale model are validated by comparing simulation results

with the experimental data. Furthermore, the requirement to
achieve the coupling of the CFD model and the SPM for
constructing the multiscale model is validated. Three case
studies have been carried out: (i) by involving the CFD model
coupled with the reaction kinetics model directly; (ii) with the
multiscale model using the Wilke diffusion model; (iii) with the
multiscale model using the Wilke−Bosanquet diffusion model.
Finally, the complete model has been used to investigate the
influences of mass-transfer limitations on the flow fields.
The simulated results show that the multiscale model

describes appropriately the flow behavior and catalytic DMO
hydrogenation reaction in a FBR. The intraparticle temperature
gradient increases with the increase of the catalyst particle size.
However, all these gradients are not large and may be ignored.
Both the mass fractions of DMO and H2 outside the particle
surface are higher than those deep inside the particles, while the
mass fraction distributions of Me, EG, and MG are to the
contrary. All of the species mass fraction distributions become
more even as the catalyst size becomes smaller. The different
diffusion models (i.e., the Wilke diffusion model and the
Wilke−Bosanquet diffusion) have little influence on simulation
results. The proposed model and its solution method are
helpful for the multiscale reactor modeling.

Figure 13. Main species transient mass fraction distributions at t = 4.6 s in the FBR. (Simulation conditions: (case 2) vg = 0.6 m/s, dp = 0.83 mm;
(case 4) vg = 0.6 m/s, dp = 0.38 mm; (case 5) vg = 0.3 m/s, dp = 0.38 mm.)
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■ NOMENCLATURE
A = preexponential factor
BiH = biot number of heat transfer
Csg and Cgs = coefficients in turbulence model
Cμ, C1ε, C2ε, and C3ε = coefficients in turbulence model
Cpq = heat capacity of q phase, J/(kg·K)
es = particle−particle restitution coefficient
Ea = activation energy, J/(kmol·K)
dp = particle diameter,m
dpore = pore diameter intraparticle, m
De = mixed diffusion coefficient for CFD model, m2/s
Dim = the diffusion coefficient for single-particle model, m2/s
Dij = the bulk diffusion coefficient of species i and j, m2/s
Di,kn = Knudsen diffusion coefficient of species i, m2/s
Dq = diffusivities of the q phase
g = gravitational acceleration, m/s2

g0 = radial distribution function
Gk,q = generation of turbulence kinetic energy due to mean
velocity gradient in the q phase
hhg = heat-transfer coefficient in the external of the catalyst,
W/(m2·K)
hmf = height of catalyst phase in the fluidized bed, m
hq = enthalpy of q phase, J/kg
Hsg and Hgs = interphase exchange coefficient of energy, W/
(m3·K)
I2D = the second invariant of the deviator stress tensor
I = identity matrix
k1, k2 = kinetic parameters, kmol/(m3·s)
keff,q = thermal coefficient of the q phase, W/(m·K)
kq = turbulence kinetic energy tensor of the q phase

kΘs = diffusion coefficient for granular energy
kkg = mass-transfer coefficient in the external of catalyst, m/s
Ki = equilibrium constant parameters, MPa−1

Kgs and Ksg = interphase exchange coefficient of momentum,
kg/(m3·s)
M = average molecule weight of all species, kg/kmol
Mi = molecule weight of species i, kg/kmol
Mij = average molecule weight of species i and j, kg/kmol
Nu = Nusselt number
Nus = Nusselt number of the solid phase
p = pressure, Pa
ps = particle-phase pressure, Pa
Pi = partial pressure of species i, MPa
Pr = Prandtl number
r = coordinate inside a single particle, m
Res = particle Reynolds number
Rε,q = addition term in ε equation of the q phase

i = rate of reaction i, kmol/(m3·s)
S = scalar measure of the deformation tensor
Sc = Schmidt number
Sh = Sherwood number
T = temperature, K
Ts = temperature on the outer surface of the catalyst, K
Yi = mass fraction of species i
Yi
s = mass fraction of species i in the external of catalyst

uq⃗ = phase-weighted velocity, m/s
vq⃗ = velocity of the q phase, m/s
vd⃗r,sg = relative velocity between gas and solid, m/s

Greek Letters
αq = volume fraction of the q phase
γΘs

= collision dissipation of energy
εq = turbulence dissipation rate of the q phase, m2/s3

ΔHi = heat released by reaction i, J/kmol
η = effectiveness factor
θ = angle of internal friction, degree
Θs = granular temperature, m2/s2

λeff = effective thermal coefficient, W/(m·K)
λs = solid bulk viscosity, Pa·s
μg = gas viscosity, Pa·s
μs = solid shear viscosity, Pa·s
μs,coi = solid collision viscosity, Pa·s
μs,kin = solid kinetic viscosity, Pa·s
μs,fr = solid frictional viscosity, Pa·s
μt,q = turbulent viscosity of the q phase
ρq = density of q phase, kg/m3

(∑v)i = diffusion volume of species i
σq = turbulent Prandtl numbers for the q phase
σsg and σgs = dispersion Prandtl number between gas and
solid, 0.75
τ q = shear stress, N/m2

ϕgs = energy exchange between gas and solid
ψ = intraparticle porosity

Superscript
p = catalyst particle
s = outer surface of the catalyst particle
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